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Description 



Technical field 

The present invention is directed to a process 
for liquefying methane-rich gas streams, such as 
natural gas. The present invention is also directed 
to the separation and removal of heavier hydro- 
carbons from the methane-rich feedstocks prior 
to liquefaction of the gas stream. The present 
invention is specifically related to the more effi- 
cient recovery and utilization of refrigeration in 
the processing of the methane-rich feedstocks. 

Background of the prior art 

Natural gas and other methane-rich feedstocks 
are frequently produced in regions distant from 
the location where such fuels will be finally 
utilized. The problem of transportation of natural 
gas from remote production sites to other sites of 
utilization is particularly acute when the natural 
gas must be shipped overseas. In such instances, 
absent a pipeline, the costs of transportation 
require that the natural gas be liquefied. The 
liquefaction of natural gas is energy intensive and 
systems for performing this liquefaction must be 
extremely efficient in order to maintain the 
competitive economics of natural gas as fuel 
being transported over significant distances. 
Various processes for the liquefaction of natural 
gas or the separation of natural gas liquids, i.e. 
hydrocarbons heavier than methane, have been 
set forth in the prior art. 

In U.S. Patent 3,292,380, a process for removing 
condensibles from a hydrocarbon gas stream is 
set forth in which the feedstock is heat exchanged 
against the overhead from a distillation column 
before being separated into gas and liquid 
phases, the gas phase of which is expanded in a 
turbine and delivered to the distillation column. A 
portion of the liquid phase is also supplied to the 
column. An overhead gas phase which is not 
liquefied is drawn off from the distillation column 
and a heavier hydrocarbon such as ethane and 
LPG is drawn off as a bottom stream from the 
column. This patent is directed only to the 
removal of condensibles and not to the liquefac- 
tion of natural gas. 

U.S. Patent 4,004,430 also discloses a process 
for removing natural gas liquids from a methane- 
rich stream. The methane-rich gaseous product is 
separated from the natural gas liquids product in 
a cryogenic distillation column. Again, the 
methane-rich product is not liquefied. 

In U.S. Patent 4,061 ,481, a process is disclosed 
for the separation of condensible hydrocarbon 
liquids from gaseous hydrocarbon components in 
a distillation column. The feedstock is heat 
exchanged against the overhead of the distillation 
column prior to and after being expanded to a 
lower pressure. Liquefaction of the overhead 
methane-rich stream from the distillation column 
is not set forth. 

U.S. Patent 4,065,278, having the same 
assignee as the present invention, is directed to a 
natural gas liquefaction process wherein 



condensible higher hydrocarbons are removed 
from the natural gas stream prior to liquefaction 
of the methane-rich gas. In this patent, an addi- 
tional heat exchange bundle is utilized to provide 

5 the initial cooling of the methane-rich overhead 
from a distillation column wherein the additional 
heat exchange bundle utilizes a low temperature 
refrigeration. 
U.S. Patent 4,203,741 discloses a separator 

10 system for hydrocarbon gas feed streams. The 
feed stream is split into a plurality of feeds to a 
separation or distillation column. One of the feed 
streams is expanded and heat exchanged against 
the overhead from the column. The process 

15 produces natural gas liquids and a vapor product 
which may be methane-rich. 

In a paper presented at the 58th annual GPA 
convention on March 19 through 21, 1979 at 
Denver-Colorado titled Options for Ethane Rejec- 

20 tion in the Cryogenic Expander Plant by Jery G. 
Gulsby, an ethane rejection plant is set forth in 
which a hydrocarbon inlet gas is heat exchanged 
against a demethanizer column overhead stream 
and expanded before being introduced into the 

25 demethanizer. The overhead stream from the 
demethanizer is recom pressed but is not liquified. 

In another article appearing in the Oil and Gas 
Journal of March 13, 1972 titled Cryogenic 
Processing has Worked for Mobil by R. D. Parker, 

30 a cryogenic system for separating hydrocarbons 
heavier than methane from methane is set forth in 
which the heavier hydrocarbons are liquified. The 
methane fraction of the feed gas being treated is 
not liquefied. At least a portion of the feed to the 

35 demethanizer column is exchanged against an 
overhead stream from such column. 

The prior art fails to disclose the advantage of 
the present invention wherein a natural gas 
liquefaction process is provided with expanded 

40 feed being added to the top of the scrub column 
at relatively high pressure and the methane-rich 
overhead is liquefied in a two bundle heat 
exchanger in an. efficient manner, wherein liquid 
feed or reflux to the column is provided by 

45 refrigeration power from a high level refrigerant 
and the isentropic expansion of the feed and not 
by low level refrigeration. 

The prior art also fails to disclose another 
advantage of the present invention wherein in a 

50 combined separation and liquefaction process for 
natural gas streams in which heavier hydro- 
carbons are separated from natural gas before the 
methane-rich natural gas is liquefied, the 
methane-rich overhead from the separatory or 

55 scrub column is heat exchanged in an intercooler 
against the feed stream being introduced into the 
column. This provides for increased efficiency of 
operation of a system wherein natural gas liquid 
recovery and methane liquefaction are combined. 

60 

Brief summary of the invention 

The present invention comprises an efficient 
process for the liquefaction of a methane- rich 
hydrocarbon gas feedstock, such as natural gas. 
65 The feedstock, at 41 ,4 to 1 38 bar (600—2000 psia) 
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is cooled by heat exchange against a first 
refrigerant The cooled feedstock is reduced in 
pressure below the critical pressure of the 
feedstock by isentropic expansion while 
obtaining mechanical energy. The expanded 
stream, still at relatively high pressure, is 
introduced into the top of a scrub column, 
wherein a minor amount of heavy hydrocarbons 
are removed as makeup refrigerant as a bottom 
stream and a methane-rich fraction is removed as 
an overhead stream. The methane- rich fraction is 
recompressed to a high pressure by a compressor 
utilizing the mechanical energy derived from the 
isentropic expansion. The compressed methane 
is then cooled, liquefied and subcooled by heat 
exchange against a second, multi-component 
refrigerant in a two bundle heat exchanger. The 
subcooled liquid product is then removed as an 
LNG product The process according to the 
invention is characterized in that the expanded 
feed stream is used as all of the reflux to the scrub 
column. 

In a preferred embodiment of the present 
invention the feedstock is reduced in pressure by 
a combination of isentropic expansion and inter- 
cooling at least a portion of the feedstock by heat 
exchange with the methane-rich overhead from 
the scrub column. The methane-rich overhead 
stream is warmed by heat exchange with the 
feedstock prior to being compressed in a 
compressor driven by the energy derived from 
the expander of the isentropic expansion step. 

In one version of the preferred embodiment, 
the reduction in pressure of the feedstock Is 
achieved by first isentropically expanding the 
feed through an expander and then cooling it by 
heat exchange in an intercooler with the overhead 
stream before being introduced to the column. 

In an alternate version of the preferred 
embodiment, the feedstock is first cooled by an 
intercooling heat exchange with the overhead 
stream from the column before the intercooled 
feedstock is then isentropically expanded and the 
expanded feedstock introduced into the column. 

At lower pressures, the feedstock can be first 
phase separated to provide a liquid feed to the 
column enriched in heavy hydrocarbons while the 
vapor phase is cooled by an intercooling heat 
exchange with the overhead from said column 
before being further phase separated. The liquid 
phase is supplied directly to the column while the 
vapor phase is isentropically expanded and 
partially liquefied and supplied to the column 
overhead where the liquid is used as column 
reflux. This triple feed increases the performance 
efficiency of the column in performing a separa- 
tion of the methane fraction from the heavier 
hydrocarbon fraction of the feedstock. 

The advantage of the various embodiments of 
the present invention over the prior art, such as 
U.S. Patent 4,065,278, is that a reduction in the 
number of heat exchange bundles in the 
liquefying main heat exchanger can be made at 
significant reduction in capital expenditure. 

A second advantage of the present invention is 
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the use of predominantly isentropic expansion of 
the feed stream to provide the refrigeration power 
necessary for the production of liquid feed or 
reflux to the scrub column. The refrigeration 

5 power is assisted by the initial cooling of the feed 
with high level refrigeration by the invention 
avoids the use of expensive low level refrigera- 
tion to provide reflux. 
Another advantage of the preferred 

io embodiment of the present invention is the use of 
an intercooling heat exchanger which improves 
the operation of the scrub column and avoids the 
use of expensive low level refrigeration from the 
main heat exchanger, which liquefies methane to 

is cool the feed to the scrub column. 

A further advantage of the preferred 
embodiment of the present invention resides in 
the use of high level refrigeration to cool the 
compressed overhead stream from the scrub 

20 column to further decrease the demands on the 
expensive low level refrigeration in the main heat 
exchanger used to liquefy the methane. 

Utilizing the advantages listed above allows the 
present invention to operate with significant 

25 power efficiencies over the prior art. These effi- 
ciencies range from 3.2% to 8.8% improvement 
over the prior art based upon refrigeration 
compressor horse power demands for a mole per 
hour of LNG production and the particular 

30 embodiment being considered. 

Brief description of the drawings 

Fig. 1A is a schematic diagram of a first 
preferred embodiment of the present invention 
35 for utilization on medium pressure natural gas 
streams. 

Fig. 1B is a schematic diagram of a second 
embodiment of the present invention for the 
utilization of a medium pressure , natural gas 
AO stream. 

Rg. 2 is a schematic diagram of a second 
version of the second embodiment of the present 
invention for utilization with high pressure natural 
gas streams. 

45 Fig. 3 is a partial schematic diagram taken from 

the flowscheme of Fig. 2 showing an alternate 
feed to the scrub column and an alternate exit 
from the column for high pressure natural gas 
streams. 

so 

Detailed description of the invention 

The various embodiments of the present 
invention will now be described in greater detail. 
The general flowscheme is similar to that in U.S. 

55 Patent 4,065,278, commonly assigned. The hydro- 
carbon feedstocks which are amenable to pro- 
cessing in the processes of the present invention 
generally consist of natural gas or other 
methane-containing gas streams wherein the 

eo methane content is from 60 to about 90 mote % of 
the feed gas stream and the balance is comprised 
of nitrogen and heavier hydrocarbons such as 
ethane, propane and longer hydrocarbon chain 
molecules. The present invention separates the 

65 methane-rich fraction of the feed stream from at 
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least some of the heavier hydrocarbon fraction in 
order that the methane-rich fraction may be 
liquefied for transportation and subsequent fueld 
use, while the heavier hydrocarbons are 
condensed and can be utilized without refrigera- 
tion input as fuels or refrigerants themselves. 

With reference to Fig. 1A, a natural gas feed 
stream of high pressure 69 to 138 bar (1000 to 
2000 psia) can be processed in the flow scheme 
shown in this drawing. A typical feed at 98.7 bar 
(1431 psia) consists of methane 93%, ethane 4%, 
propane 0.6%, butane 0.3%, isobutane 0.1%, 
nitrogen 0.8% wnd trace amounts of higher 
hydrocarbons and water. The feed stream in line 
10 is initially cooled to -37°C (-34°F) through a 
series of cascade heat exchangers 14, 16 and 18 
which are cooled by a closed circuit refrigerant 
system. The refrigerant is generally a single 
component hydrocarbon such as C 2 , C 3 or C 4 
paraffin hydrocarbons. Propane is the preferred 
single component refrigerant used in this first 
closed cycle refrigeration system because of its 
refrigeration duty at the operational temperature 
and pressure and because it can be provided from 
the separated natural gas liquids for makeup. This 
closed circuit refrigeration system constitutes a 
high level refrigerant because it is at a relatively 
warm temperature for a process involving the 
liquefaction of natural gas. In light of its relatively 
warm temperature, high level refrigerant is rela- 
tively less expensive to use than lower level 
refrigerants. The precooled high pressure feed is 
introduced by way of line 20 into an expander 
turbine 44 where it is reduced in pressure to 50 
bar (725 psia) at -67°C (-88°F) while producing 
mechanical energy. The expanded feed contain- 
ing vapor and liquid in line 46 is introduced into 
the top of the scrub column 28. The feed to the top 
of the scrub column provides for sufficient 
fractionation of the methane-rich fraction from 
the heavier hydrocarbon fraction of the feedstock 
to provide makeup refrigerant. The scrub column 
28 is operated at approximately 50 bar (725 psia). 
The heavier hydrocarbons are removed from the 
scrub column 28 in line 48 and a portion of the 
heavier hydrocarbons are recycled through 
reboiling heat exchanger 50 in order to provide 
reboil for the column. The remainder of the 
bottom stream in line 48 is removed as product 
known generally as NGL or natural gas liquids. 
For the stated feed stream composition, the 
composition of the heavier hydrocarbons consist 
of 34.7% ethane, 17.8% propane, 13.5% butane, 
4% isobutane, and residual amounts of pentane, 
isopentane and heptane. 

A methane-rich gas stream is removed as an 
overhead from the scrub column 28 in line 52. 
This overhead stream is at a temperature of 
-66°C (-87°F). The overhead stream is directed to 
a compressor 54 which is driven by the expander 
44. In this manner, the energy derived from 
reducing the pressure of the feed stream is 
preserved and utilized for the compression of 
product stream from the scrub column 28. The 
overhead stream is compressed from a pressure 
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of approximately 50 bar (725 psia) at the inlet of 
the compressor to a pressure of 77.6 bar (1037 
psia) at the exit of the compressor 54. At this point 
the overhead stream in line 56 is also at a 

5 temperature of -44°C (-47°F). 

The methane-rich stream which can contain 
appreciably heavier hydrocarbons despite partial 
removal in the scrub column 28, is now 
introduced into the main heat exchanger 60 

jo where it is cooled, liquefied and subcooled in 
order to be removed and stored or transported as 
LNG or liquid natural gas. The methane-rich 
stream is first cooled in bundle 62 of a coil wound 
heat exchanger 60 utilizing a multicomponent 

15 hydrocarbon refrigerant This multicomponent 
hydrocarbon refrigerant constitues a second 
closed circuit refrigeration system which operates 
at a low level because it must be at a sufficiently 
low temperature to liquefy and subcool natural 

20 gas. Such low level refrigeration is expensive to 
use because it requires a considerable power 
input to maintain the refrigerant at the low 
temperature necessary for liquefaction, — 157°C 
(-250°F). The stream is liquefied in this first 

25 bundle and is removed from the heat exchanger 
60 to be expanded through valve 64 wherein the 
temperature of the stream is approximately 
-129°C (-200°F) and is reduced in pressure to 
20.7 bar (300 psia). The liquid stream is then 

30 conducted through the second bundle 66 for 
further cooling against the multicomponent 
refrigerant wherein it exits the heat exchanger 60 
in line 68 at approximately -157°C (-250°F) and 
18.6 bar (270 psia). The stream is expanded 

35 through valve 70 in order to remove a small 
amount of vaporous methane in the phase 
separator 72 to provide plant fuel. Approximately 
3% of the flow into vessel 72 is removed as plant 
fuel gas in line 80. The remaining stream is 

40 removed as product liquid from the bottom of 
vessel 72 and is pumped by pumping means 74 to 
storage 76. The product liquid natural gas can 
then be removed for export in line 78. Vapor 
phase methane which develops during storage of 

45 the natural gas product is removed and 
compressed by compressor 84 for inclusion as 
plant fuel. The main fuel stream in line 80 is 
warmed in heat exchanger 82 against multi- 
component refrigerant. The combined plant fuel 

so from line 80 and pump 84 is compressed in 
compressor 88 and exported in line 90 to power 
utilization for the plant 

The refrigerant for the liquefaction of the 
methane-rich stream consists of multiple hydro- 

55 carbon components, generally nitrogen, 
methane, ethane and propane. The specific multi- 
component refrigerant utilized in this 
embodiment comprises ethane 47%, methane 
41%, propane 8.9% and nitrogen 2.9%. Makeup 

so multiple component refrigerant may be 
introduced into the liquefaction refrigeration 
cycle through line 198 which is controlled by a 
valve. Makeup refrigerant and recycle refrigerant 
in line 1 96 are compressed in compressor 1 52 and 

65 aftercooled in a cold water heat exchanger 154. A 
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second level of compression Is produced by 
compressor 156 and again is followed by after- 
cooling with cold water heat exchanger 158. This 
effects an increase in the pressure of the multi- 
component refrigerant from 2.76 bar (40 psia) in 
line 196 at a temperature of approximately -40°C 
(-40°F) to a pressure of 638 psia in line 160 at a 
temperature of approximately 13°C (54°F). The 
pressurized relatively warm multiple component 
refrigerant is then cooled in a cascade series of 
evaporative heat exchangers 162, 164 and 166 
wherein the multiple component refrigerant is 
cooled against the single component refrigerant 
and the latter refrigerant Is vaporized during the 
heat exchange. The multicomponent refrigerant 
as it exits the cascade heat exchangers in line 168 
is at a pressure of approximately 42.8 bar (620 
psia) and -34°C (-30°F). 

The multicomponent refrigerant is phase 
separated in vessel 170. Approximately 25% of 
the flow is removed as vapor in line 182 and the 
remaining 75% of the refrigerant flow is removed 
as liquid in line 172. The liquid refrigerant enters 
bundle tube circuit 176 of the main heat 
exchanger 60 and is cooled to -129°C (-200°F) 
before being removed from the heat exchanger 
and reduced in pressure through valve 178. The 
reduced pressure liquid is then sprayed upon the 
lower tier of bundles in the heat exchanger 60 
through spray head 180. 

The vapor from the multicomponent refrigerant 
phase separator 170 is removed in line 182 and a 
slipstream is further removed from that stream in 
line 184. The bulk of the vapor phase refrigerant in 
line 182 is directed through line 188 into the warm 
end of the heat exchanger 60. The vaporized 
refrigerant is cooled and liquefied to jap proxi- 
mately -157°C (-250°F) in bundle tube circuit 190 
before being removed and reduced in pressure 
through valve 192. The slipstream in line 184 is 
cooled and liquefied to a temperature of approxi- 
mately -157°C (-250°F) by heat exchange with 
the product fuel for the plant in intercooling heat 
exchanger 82 before being reduced in pressure 
through valve 186 and joining the vapor stream 
liquefied in the main heat exchanger 60. The 
co-mingled streams are then sprayed over the 
internal bundle of the heat exchanger through 
spray heads 194. The refrigerants are then 
recycled by removal from the bottom of the heat 
exchanger 60 in line 196. This multicomponent 
refrigerant which is used to liquefy the natural gas 
is cooled itself by a combination of heat exchange 
with the initial single component refrigeration 
cycle and the reduction in pressure which occurs 
in the main heat exchanger 60. The heat exchange 
against the single component refrigerant occurs 
in a cascade series of exchanges as outlined 
above. This refrigeration cycle for the initial single 
component refrigerant will now be set forth. 

The single component refrigerant, which is 
preferably propane, is compressed in a series of 
stages in compressor 92 to a pressure of approxi- 
mately 1 3.8 bar (200 psia). The compressed single 
component refrigerant is then aftercooled and 



)2 087 8 

totally condensed in cold water heat exchangers 
94 and 96 before being delivered to liquid 
reservoir 98. The liquid refrigerant is further 
sub-cooled in cold water heat exchanger 100 

5 before being passed to refrigeration duty through 
line 102. The refrigerant is expanded through 
valve 104 and delivered to a supply-suction drum 
108. The refrigerant in the vapor phase in drum 
108 is removed for recompression in line 110. The 

to liquid phase of the refrigerant in drum 108 is 
removed in line 118 and split into stream 120 
which is split once again at line 122. The remain- 
ing stream in line 118 is expanded in valve 126 
before being introduced into supply-suction drum 

is 128. The split stream in line 122 is heat exchanged 
against the feed in evaporative heat exchanger 
14. The residual stream in line 120 is heat 
exchanged in evaporative heat exchanger 162 
against the second refrigeration system contain- 

20 ing multiple component refrigerant. This is the 
first of three cascade refrigerating heat exchanges 
between the initial single component refrigerant 
and the second multicomponent refrigerant, both 
cycles of which are closed and are heat 

25 exchanged only indirectly in these exchangers. 
The vaporized single component refrigerant now 
in line 124 is mixed with the vaporized single 
component refrigerant introduced in line 122 and 
returned to the first supply-suction drum 108 

30 through line 116. 

The single component refrigerant in 
supply-suction drum 128 is separated into a vapor 
and liquid phase. The vapor phase is removed in 
line 130 for recompression in compressor 92. The 

35 liquid phase is removed in line 132 wherein the 
stream is split into line 134 and a residual stream 
which is expanded in valve 140 before being 
introduced into supply-suction drum 142. The 
liquid refrigerant stream in line 134 is further split 

40- into line 136 which cools the feed in the second 
cascade evaporative heat exchanger 16. The 
remaining stream in line 134 is used to cool the 
second refrigerant, consisting of a multi- 
component refrigerant, in the second of a series 

45 of three cascade evaporative heat exchangers, 
specifically in this case exchanger 164. The now 
vaporized single component refrigerant In line 
138 is mixed with the now vaporized refrigerant 
introduced in line 136 and returned to supply-suc- 

so tion drum 128. 

The single component refrigerant delivered to 
supply-suction drum 142 through line 132 and 
valve 140 is also separated into a vapor phase and 
a liquid phase. The vapor phase is supplied to the 

55 compressor 92 for recompression through line 
144. The liquid phase refrigerant is directed 
through line 146 for further heat exchange duty. A 
side stream 148 is removed wherein the 
refrigerant further cools the feed stream in the 

60 third cascade evaporative heat exchanger 18 
while being vaporized. The residual single 
component refrigerant in line 146 cools the 
second refrigeration circuit containing a multi- 
component refrigerant in evaporative heat 
65 exchanger 166. In this manner, the single 
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component refrigerant is used to cool the 
methane feed to the scrub column 28. The single 
component refrigerant is vaporized as it leaves 
exchangers 18 and 166 and the combined vapor 
streams are returned to supply-suction drum 142. 

The process circuit of the present invention has 
several advantages over the prior art as set forth 
in U.S. Patent 4,065,278. One of the most 
important advantages of the present invention is 
the reduction in the number of bundles in the 
main heat exchanger 60 from the three bundle 
configuration shown in the prior art patent 
including bundle 36 to a two bundle configuration 
as shown in Fig. 1A in heat exchanger 60 of the 
present application. Another advantage of the 
embodiment of Fig. 1A is that the entire feed is 
introduced into the column 28 at a point near the 
top of said column. This allows the single feed to 
supply all of the liquid reflux for the column. 

The embodiment of Fig. 1A is specifically 
adapted for processing feedstock where little if 
any heavy hydrocarbon removal is desired or 
such hydrocarbons do not exist. When it is 
deemed necessary or profitable to process a 
feedstock having heavy hydrocarbons and the 
hydrocarbons are removed, the alternate 
embodiment of the process of Fig. lAcan be used 
in which additional processing advantages are 
realized. This alternate or second embodiment is 
shown in Fig. IB. 

With reference to Fig. 1B, the following 
preferred mode of operation is set forth. The 
process of Fig. 1B can operate on medium 
pressure feeds 41 .4 to 75.9 bar (600 to 1 100 psia). 
Typically, a feed at 885 psia consists of methane 
83%, ethane 10.5%, propane 3.7%, butane 1%, 
isobutane £.65%, nitrogen 0.35% and trace 
amounts of higher hydrocarbons and water. Fig. 
1B shows an initial separation of water from the 
feed in line 10, if this is necessary. Water separa- 
tion is accomplished by cooling in heat exchanger 
12 and then passage through a knock-out drum 1 1 
and switching absorbent beds 13. Carbon dioxide 
can also be removed in such process treatment 
The feed then passes through a similar precooling 
against a first refrigerant as described with 
respect to Fig. 1A. However, Fig. 1B is specifically 
designed for heavy hydrocarbon removal and the 
feed stream to the scrub column differs markedly 
from Fig. 1A for this purpose. 

Because the feed natural gas is at a relatively 
medium pressure level, the feed may be phased 
separated several times before going to fractiona- 
tion, which improves such fractionation 
processing. In that regard, the feed in line 20 is 
introduced into a phase separator 22 wherein the 
liquid phase, constituting 18.5% of the feed, is 
removed as a bottom stream in line 26 and 
reduced in pressure in valve 24 from 59.3 to 36.6 
bar (860 psi to 530 psi) before being introduced 
into a scrub column 28 as liquid feed at -53°C 
(-64°F). The vapor overhead from the vessel 22 is 
removed in line 30 wherein it is cooled in 
intercooling heat exchanger 32 to -54°C (-65°F) 
with the overhead from said scrub column 28. The 
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further cooled overhead in line 34 is introduced 
into a second phase separator 36. Again, the 
liquid phase, constituting 16% of the stream 34, is 
removed as a bottom stream in line 38 and 
5 expanded in valve 40 before being introduced as 
a second liquid feed stream into the scrub column 
28 at -73°C (-99°F). The vapor phase from the 
vessel 36 is introduced by way of line 42 into the 
expander turbine 44, where it is reduced in 

io pressure while producing mechanical energy. The 
expanded feed containing vapor and liquid in line 
46 is introduced into the top of the scrub column 
28. These three separate feeds to the scrub 
column provide for improved efficiency in the 

15 fractionation of the methane-rich fraction from 
the heavier hydrocarbon fraction of the feedstock. 
A more substantial separation is performed in the 
scrub column 28 in the scheme of Fig. 1B than 
occurs in Fig. 1 A. To achieve such a separation, it 

20 is necessary to drop the pressure of the feed to 
the column to a greater extent, and it is necessary 
to achieve a higher level of cooling of the feeds. 
Thus the phase separated feeds, the intercooling 
and the turbine expansion combine to provide the 

25 improved separation in column 28. 

The overhead, in line 52, is introduced into the 
intercooling heat exchanger 32 in order to precool 
a portion of the feed to the scrub column 28 and 
to recover a portion of the refrigeration value of 

30 the overhead stream. The overhead stream leaves 
the heat exchanger 32 at approximately — 40°C 
(-40°F) and is directed to the compressor 54, 
which is driven by the expander 44. The 
compressed methane-rich stream is then cooled 

35 by heat exchange in evaporative heat exchanger 
58 against the single component refrigerant of the 
first refrigeration circuit The stream exits the heat 
exchanger 58 at -37°C (-35°F). 
The methane-rich stream from the exchanger 

40 58 of Fig. IB is then cooled, liquefied and 
subcooled as in the scheme illustrated in Fig. 1A 
and discussed above. 

This second embodiment, Fig. 1B, also has the 
advantage of reducing the three bundle 

45 configuration of the prior art to a two bundle heat 
exchanger 60 with attendant cost savings. In 
addition, the second embodiment provides other 
advantages when NGL is being removed. The 
compressed overhead stream from the scrub 

so column 28 in the present invention, after inter- 
cooling and expansion, is cooled in a simple 
evaporative heat exchanger 58 against high level 
(relatively warm) single component refrigerant 
rather than the more expensive low level 

55 (relatively cold) multicomponent refrigerant 
which also required an expensive third bundle 
fabrication in the main heat exchanger of the prior 
art. Another advantage of the present invention 
shown in Fig. IB over the prior art is the heat 

60 exchange of the reflux feed to the scrub column 
against the methane-rich overhead stream from 
the column. This heat exchange which occurs in 
intercooler 32 provides a colder reflux feed to the 
column 28 and therefore a better fractionation. 

65 The refrigeration which occurs in exchanger 32 
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allows the exchanged feed to be split into two 
additional phases before going to the column 28. 
Therefore the embodiment in Rg. 1B of the 
present invention enjoys the advantage of three 
separate feeds to the distillation column, all 
introduced at their own appropriate level, such 
that initial fractionation is already occurring and 
the column can be operated at significant effi- 
ciency above and beyond that of the prior art. A 
further advantage of the present invention is the 
direct feed to the column of all of the separated 
streams from the phase separators. In the feeds to 
the column 28 in the prior art, the separated 
phases were rejoined to allow only one feed to 
the column. However, in the present embodiment 
shown in Fig. 1B, each phase separation is 
individually fed to the column. 

These overall operating efficiencies and capital 
reductions of Fig. 1A and 1B provide improved 
economic operation of a separation and liquefac- 
tion system for natural gas being converted to 
liquefied natural gas. Because of these improve- 
ments in the present invention over the process of 
the prior art, the present invention achieves an 
increase greater than 3% efficiency by reduced 
total compressor horse power requirements 
needed for operation for a similar capacity of 
production of LNG. In addition, the surface area of 
the main heat exchanger 60 of the present 
invention is reduced 41 % from the prior art, such 
as U.S. Patent 4,065,278. Such heat exchanger 
surface area is an important determination with 
respect to the cost of fabricating the apparatus for 
an LNG process. Therefore, with this surface area 
reduction, the present invention in the 
embodiment shown in Fig. 1 provides a main 
exchanger cost reduction of 47% over the stated 
prior art above. 

The second embodiment discussed above is 
appropriate for what is termed medium pressure 
feeds, such as 41.4 to 75.9 bar (600 to 1,100 psia). 
However, natural gas streams are available at 69 
to 138 bar (1,000 to 2,000 psia) and are referred to 
herein as high pressure streams, such as those 
designated to be processed the first embodiment 
of Rg. 1 A. Because these streams are available at 
such pressures, it is beneficial to process the 
streams at those pressures rather than losing the 
inherent energy of the high pressure in order to 
process the stream through a medium pressure 
system. Therefore, a second version of the 
second embodiment of the present invention will 
now be described with reference to Rg. 2, 
wherein the system is specifically designed for a 
high pressure feed stream and NGL recovery, that 
is a stream at 69 to 138 bar (1,000 to 2,000 psia) 
and preferably a stream at 110.4 bar (1,600 psia) 
with heavy hydrocarbons which are to be 
recovered. At these stated high pressures, phase 
separation in order to provide split feeds to the 
scrub column are not possible because the 
pressure of the system is above the critical 
pressure of the feedstock. A methane containing 
feedstock, such as natural gas, is introduced into 
line 200 at a temperature of 8°C (46°F) and a 
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pressure of 112 bar (1,624 psia). The stream flow 
is at a rate of 24,720 pound moles per hour 
consisting of 75% methane, 11.5% ethane, 8.5% 
propane, 2% butane, 1% isobutane and residual 
5 amounts of other C s to C 7 hydrocarbons. The feed 
stream in line 200 is initially cooled in a three step 
series of heat exchanges with a single component 
refrigerant in evaporative heat exchangers 202, 
204 and 206. During this initial cooling, the feed 
io stream is reduced in temperature to — 37°C 
(— 34°F). The cooled stream now in line 208, is 
further cooled in Intercooling heat exchanger 210 
against the overhead stream from the scrub 
column 216. The intercooling between streams 
is reduces the feed stream to a temperature of 
-50°C (~59°F). The further cooled stream is then 
reduced in pressure by expanding the stream 
through an expander turbine 212 which further 
reduces the temperature to -70°C (-94°F) and 
20 reduces the pressure of the stream to 41.4 bar 
(600 psia). The feed stream is introduced into the 
scrub column 216 as its sole reflux stream. The 
column 216 operates at 41.4 bar (600 psia) and 
fractionates the methane-rich components of the 
25 feed stream from the heavier hydrocarbons, 
generally referred to as NGL or natural gas 
liquids. The NGL fraction is removed in line 218 
wherein a portion of the NGL is recirculated by 
way of a heat exchanger 220. Approximately 
30 21 .4% of the feed to the column is removed in line 
218, while 78.6% of the feed is removed as 
methane-rich product in line 222 as an overhead 
stream. 

The overhead stream as stated above, is passed 
35 through an intercooling heat exchanger where it 
is warmed in order to cool the feed to the column. 
The overhead stream after warming in exchanger 
210 is at a temperature of -40°C (-40°F) in line 
224. This methane-rich stream is then com- 
*o pressed in a compressor 226 which is 
mechanically joined to the expander 212 in order 
that the energy produced from expansion may be 
utilized efficiently in the recompression of the 
methane-rich gas stream. The compression of the 
45 methane-rich gas stream increases its 
temperature to -23°C (-10°F) and increases its 
pressure to 51.5 bar (747 psia). The methane-rich 
gas stream in line 228 is then cooled once more 
against the single component refrigerant in the 
so first refrigeration cycle in evaporative heat 
exchanger 230 where the stream is reduced in 
temperature to -37°C (-34°F). The stream is then 
introduced into the main heat exchanger 232 
wherein it will be cooled, liquefied and subcooled 
55 to form liquefied natural gas or LNG. 

The methane-rich stream in line 228 is 
introduced into the main heat exchanger 232 in 
the first stage bundle 234 wherein it is cooled and 
liquefied to -129°C (-200°F) against a second 
so multicomponent refrigerant in a second and 
separate refrigeration cycle from that of the first 
single component refrigeration cycle. The 
liquefied stream is then reduced in pressure by 
passage through a valve which expands the 
55 stream to a pressure of 20.7 bar (300 psia) before 
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the stream is introduced into the second heat 
exchanger bundle 236 wherein the methane-rich 
stream is subcooled against additional multi- 
component refrigerant and exits the man heat 
exchanger 232 at a temperature of -153°C 
(-244°F) and a pressure of 18.6 bar (270 psia). The 
subcooled stream is then reduced in pressure 
through an expander valve to a pressure of 18 
psia and a temperature of -159°C (-255°F). A two 
phase stream is produced by this expansion and 
the phases are separated in phase separator 
vessel 238. Approximately 95% of the stream is 
removed as liquid product from the bottom of 
vessel 238 and is pumped to storage 246 and 
export as LNG. Five percent of the stream is 
removed as an overhead vapor stream from 
vessel 238 in line 240. This vapor stream in line 
240 is warmed against the multicomponent 
refrigerant in intercooling heat exchanger 242 
before being combined with residual methane 
vapor from the LNG storage 246. This vapor from 
storage 246 is compressed and transported in line 
248 to an intersection with the phase separated 
vapor in line 240 and is compressed in 
compressor 244 for use as fuel at the plant site or 
other adjacent utilities. 

The refrigeration cycles of this second version 
are similar to those of the first embodiment, but 
several distinct variations will be noted in the 
discussion of those refrigeration cycles which 
follows. A multicomponent refrigerant consisting 
of predominantly methane and ethane and lesser 
amounts of propane and nitrogen are used to 
liquefy the natural gas in the heat exchanger 232. 
This multicomponent refrigerant is recycled, but a 
portion of makeup refrigerant can be added just 
prior to the initial compression of the refrigerant 
in compressor 294. After the first stage of 
compression, the refrigerant is aftercooled 
against cold water and further compressed in 
compressor 296 with subsequent aftercooling 
against cold water to arrive at a pressure of 42.2 
bar (612 psia) at 18°C (55°F). The multicomponent 
refrigerant is heat exchanged against the single 
component refrigerant in line 298 in a series of 
cascade heat exchangers 260, 276 and 290 
wherein the multicomponent refrigerant is 
partially liquefied and cooled to a temperature of 
-37°C (-34°F). The refrigerant is then phase 
separated in phase separator vessel 300, wherein 
77% of the refrigerant is removed as a liquid 
stream in line 302 and 23% is removed in line 316 
as a vapor phase. The liquid refrigerant enters 
main heat exchanger 232 in bundle tube circuit 
306 wherein it is cooled to -129°C (~200°F) 
before a portion of the refrigerant is split out and 
the remaining refrigerant is expanded in a valve 
in line 308, after which the refrigerant is sprayed 
over the warm bundle (first stage) of the heat 
exchanger 232 from spray nozzles in line 308. The 
split stream is expanded and provides refrigera- 
tion to the stream in line 314 in heat exchanger 
310. This provides refrigeration for the fractiona- 
tion of NGL in downstream equipment not 
deemed to be a part of the present invention. The 
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multicomponent refrigerant now in line 312 is 
further expanded and rejoins the recycling 
refrigerant from the base of the heat exchanger 
232. 

5 A portion of the vaporous refrigerant from 

phase separator vessel 300 in line 318 is cooled 
through the entire course of the main heat 
exchanger 232, while the remaining portion of the 
vaporous refrigerant from the overhead of phase 

io separator 300 in line 304 is cooled against 
vaporous LNG product in intercooling heat 
exchanger 242 before being expanded and rejoin- 
ing the stream in line 31 8 to be introduced into the 
head of the exchanger 232 and sprayed on the 

is cold bundle (second stage) of the main heat 
exchanger. 

The single component refrigerant which 
initially cools the feed stream and also supplies a 
portion of the cooling for the second multt- 

20 component refrigerant in evaporative heat 
exchangers 260, 276 and 290 is compressed in 
compressor 250 which consists of a three stage 
compressor. The single component refrigerant 
which is preferably propane, is now at a pressure 

25 of 8.97 bar (130 psia) and a temperature of 41°C 
(105°F). The refrigerant is aftercooled and totally 
condensed in a series of cold water heat 
exchangers and supplied to a reservoir tank 252. 
Refrigerant is removed from the tank 252 and 

30 further cooled in a cold water heat exchanger 
before being expanded and supplied to the suc- 
tion-supply drum 254. Liquid refrigerant is 
removed from the bottom of the drum 254 in line 
258, a portion of which is directed in line 266 to a 

35 second suction-supply drum 268. The remaining 
refrigerant in line 258 is again split in order that a 
portion of the refrigerant will be used to cool the 
feed stream 200 in evaporative heat exchanger 
202 before being returned to the drum 254 in line 

40 264 as vapor. The last portion of the refrigerant in 
line 258 is used to cool the second multi- 
component refrigerant in evaporative heat 
exchanger 260 before being returned in line 262 
as vapor to be mixed with the vaporized 

45 refrigerant in line 264 and together returned to the 
drum 254. This vapor is then returned in line 256 
for compression. 

Similarly, a liquid propane refrigerant is 
removed from the base of drum 268 and is split 

so into three streams, in which refrigerant in line 280 
is supplied to a third suction-supply drum 282, a 
portion is utilized as a refrigerant in evaporative 
heat exchanger 204 and returned to drum 268 in 
line 278 while the remaining refrigerant in line 272 

55 is directed in line 274 to further cool the second 
multicomponent refrigerant in evaporative heat 
exchanger 276 before the vapor is returned to line 
278 and drum 268 to be collected and directed in 
line 270 for recompression. The refrigerant 

50 supplied in line 280 to suction-supply drum 282 is 
utilized in line 286 for refrigeration of the feed 
stream in evaporative heat exchanger 206 and 
also for refrigeration of the second, multi- 
component refrigerant in evaporative heat 

55 exchanger 290 and aftercooling of the separated 
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methane-rich stream from the scrub column 216 
in heat exchanger 230. The vaporized refrigerants 
from these heat exchangers are collected in line 
292 and returned to drum 282 wherein the vapor 
is removed from the overhead of the drum and 5 
supplied through line 284 to the compressor for 
combined recompression with the other vapor 
streams from the other drums. 

This second high pressure version of the 
present invention provides improved production w 
efficiencies over the prior art similar to the 
efficiencies calculated for the second 
embodiment shown in Fig. 1B and discussed 
above with respect to a medium pressure feed 
stream. The second version has the advantage of 15 
reduced capital costs with the reduction in the 
number of bundles in the main heat exchanger 
from the closest prior art, namely U.S. Patent 
4,065,278. This second version also has reduced 
overall compressor horse power requirements in 20 
comparison to the medium pressure prior art 
processes when adjustment is made for the fact 
that this embodiment operates on a high pressure 
feed, whereas the closest prior art operates on 
medium pressure feeds. For instance, the system 25 
illustrated in Fig. 2 has a 3.3% efficiency over U.S. 
Patent 4,065,278. This reduction in horse power in 
conjunction with the reduction in capital costs of 
fabricating the main heat exchanger provides an 
attractive advantage of the present process over 30 
prior art processes for extracting NGL's and for 
liquefaction of natural gas streams. 

An alternate embodiment for performing the 
separation of a high pressure natural gas feed 
such as was demonstrated in Fig. 2 above, is 35 
shown in Fig. 3. In this alternate embodiment, the 
precooling with a single component refrigerant is 
the same as In the second embodiment illustrated 
in Fig. 2 as well as the liquefaction processing 
downstream of the separation in the main heat 40 
exchanger. Therefore, this alternate embodiment 
is shown only in the feed to the scrub column 31 6 
where the process variation from Fig. 2 exists. 

In the flow scheme illustrated in Fig. 3, the feed 
natural gas at high pressure is initially cooled 45 
against a single component refrigerant in three 
cascade evaporative heat exchangers as shown in 
Fig. 2. The precooled feed in line 408 is at a 
temperature of -37°C (-34°F) and a pressure of 
110.4 bar (1,600 psia). The feed is reduced in so 
pressure by expansion through an expander 412, 
wherein the temperature is further reduced to 
-65°C (-84°F) and the pressure is reduced to 41.4 
bar (600 psia). The expanded stream is then 
cooled by heat exchange with the overhead from ss 
the scrub column in a directly opposite sequence 
from that flow scheme illustrated in Fig. 2. The 
expanded stream in line 414 is cooled to -67°C 
(-89°F) by heat exchange in the intercooling heat 
exchanger 410. The stream is then introduced into so 
the scrub column 416 which operates at approxi- 
mately 41.4 bar (600 psia). Heavier hydrocarbons 
such as ethane, propane, butane and other 
multiple hydrocarbons are removed as natural 
gas liquids (NGL) in line 418. A portion of the S5 



stream is removed for recirculation through 
reboiiing heat exchanger 420. A methane-rich 
stream is withdrawn from the scrub column 416 
in line 422 as an overhead fraction containing 
95% methane with residual portions of ethane 
and lesser amounts of other heavier hydro- 
carbons. This stream 422 is reduced in pressure 
through valve 424 to 450 psia with an attendent 
reduction in temperature to -76°C (-105°F). The 
stream is warmed against the incoming feed to 
the column in the intercooling heat exchanger 41 0 
and exits that exchanger at -69°C (-91°F). The 
methane-rich stream is then compressed in 
compressor 426, which utilizes the mechanical 
energy derived from expansion in the expander 
412. The pressure of the overhead stream 422 is 
then elevated to 43.3 bar (627 psia) by this 
compression before being sent to the main heat 
exchanger for cooling, liquefaction and sub- 
cooling to liquefied natural gas, LNG as described 
in Fig. 2 above. 

This alternate embodiment shown in Fig. 3 
achieves similar efficiencies for the separation of 
NGL's and the liquefaction of natural gas when 
compared against the prior art, such as U.S. 
Patent 4,065,278. This embodiment utilizes the 
same two bundle liquefying heat exchanger with 
its attendant reduction in capital costs as 
described above. The Fig. 3 cycle also achieves 
greater cooling of the methane-rich stream 
coming from the overhead of the scrub column 
and therefore does not need the evaporative heat 
exchanger 230 shown in Fig. 2. Therefore with 
this greater reduction in temperature of the 
methane-rich stream in the embodiment shown 
in Fig. 3, capital costs may be saved over that 
flowpath shown in Fig. 2. This change In conjunc- 
tion with the alteration in sequence of inter- 
cooling and expansion of the feed to the scrub 
column are the only distinctions between these 
two high pressure feed versions of the present 
invention as illustrated in Fig. 2 and Fig. 3. 

The improved high pressure cycle shown in 
Figs. 2 and 3 incorporate the same refrigeration 
recovery device consisting of an intercooling heat 
exchanger as shown in the medium pressure 
cycle of Rg. 1B. This refrigeration recovery is 
used to either further cool the expander outlet. 
Fig. 3, or to precool the expander inlet, Fig. 2. 
When it is used to cool the expander outlet, the 
scrub column overhead 422 must be reduced in 
pressure to provide a lower temperature and 
positive cold end temperature difference for the 
refrigeration recovery in heat exchanger 410. 
When the column overhead precools the 
expander inlet. Fig. 2, the resulting compressor 
outlet temperature in line 228 is somewhat 
warmer and thus the additional evaporative heat 
exchanger is used to recool the methane-rich feed 
to -37°C (-34°F) prior to introduction into the 
main heat exchanger for liquefaction. This 
evaporative heat exchanger 230 was not required 
in the system of Fig. 3 since the compressor outlet 
stream in line 428 was cooled to -45°C (-49°F), 
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well below the lowest single component 
refrigerant temperature. 

All of the cycles of the present invention 
illustrated in Fig. 1, 2 and 3 provide improved 
processes which more effectively use the isen- 
tropically expanded feed gas to reflux a distilla- 
tion or scrub column for recovery of Ca plus 
hydrocarbons, thus eliminating the need for the 
use of more costly mixed refrigerant which is at 
lower temperatures, to operate such a distillation 
column as is the case in the prior art, such as U.S. 
patent 4,065,278, wherein a third bundle 36 was 
necessary to reflux the column 28 using such 
expensive low level refrigeration. 

The choice as to which process scheme to use 
is dependent on the feed stream pressure and the 
availability and desire to remove heavy hydro- 
carbons as NGL A tradeoff does exist though. As 
processing circumstances vary, the scrub column 
of the various embodiments of the present 
invention can be operated at various pressures. 
At sufficiently high pressures, NGL recovery from 
the column is difficult and lesser amounts of NGL 
are actually separated. As the column pressure is 
reduced by expanding the feed to lower pressure, 
greater amounts of NGL recovery are capable. 
One of the consequences of this is that the 
methane-rich overhead from the column cannot 
be recom pressed to as high a pressure without 
the use of outside energy requirements. This 
results in a higher power demand in the lique- 
faction and subcooling stage of the process 
because additional refrigeration power is 
required to liquefy a low pressure fluid. If NGL 
recovery is not required, then the scrub column 
may be designed to recover only sufficient C2 and 
C3 for refrigerant makeup. Heavy hydrocarbons 
such as benzene may also have to be removed to 
prevent freeze-up in the main exchanger. Both 
refrigerant recovery and heavies removal impose 
less load on the scrub column. Consequently, the 
scrub column may be operated at a higher 
pressure and temperature than required for NGL 
recovery. As less heavies need to be recovered, 
the scrub column may be operated at higher 
pressures resulting in the scrub column overhead 
being recom pressed and returned to the main 
exchanger at higher pressure for liquefaction. At 
some point, as the scrub column pressure is 
increased to make lower heavies recovery, the 
maximum column pressure will be reached, 
which will be an approach to the fluid critical 
pressure (usually 80% of critical pressure). At this 
point, if heavies recovery is more than adequate, 
the expander feed/overhead interchanger may be 
reduced in duty until it is eliminated. 

The direct feed of the methane-rich feed stream 
from an expander to the top of a scrub column, 
and the elimination of the requirements for reflux 
for the column from the main liquefying heat 
exchanger with its attendant reduction in heat 
exchanger costs is an integral part of the benefits 
of the present invention. Such an adaptation to an 
LNG plant can be contemplated on other natural 
gas or methane liquefaction systems, such as 
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disclosed in U.S. Patents 3,645,106; 4,112,700; 
4,251,247 and 4,274,849. 

The prior art in performing the liquefaction of a 

5 methane-rich feedstock with heavy hydrocarbon 
recovery for either refrigerant or as product has 
utilized various sources of refrigeration for the 
production of liquid feed or reflux to the scrub 
column which removes the heavy hydrocarbons 

J0 prior to liquefaction of the methane-rich portion 
of the feed. Initially, such scrub column reflux was 
developed by heat exchange with high level 
refrigeration, high level refrigeration being the 
relatively warmer refrigeration which initially 

JS cools the feed material prior to separation or 
liquefaction and represented by the first 
refrigerant which is circulated through 
compressor 92 of Fig. 1A and B of the present 
invention. This increase in load on the high level 

2Q refrigeration increases the energy requirements 
for that refrigeration cycle substantially. 
Subsequently, scrub column reflux was 
developed by heat exchange with both high level 
refrigeration and low level refrigeration, low level 

25 refrigeration being the refrigerant of relatively 
cold temperature which performs the liquefaction 
and subcooling of methane-rich gas, such as the 
second refrigerant which is circulated through 
compressors 152 and 156 of Fig. 1 A and B of the 

30 present invention. The use of low level refrigera- 
tion is relatively energy-intensive and expensive 
because of its low temperature level. To diminish 
the refrigeration load made by the liquid feed as 
reflux to the scrub column, prior art Patent 

3S 4,065,278 contemplated using high level and low 
level refrigeration in conjunction with a tandem 
expander and compressor unit, which are 
mechanically joined to use the - energy of 
expansion for subsequent compression, to 

40 provide the refrigeration power for the scrub 
column. However, the use of expensive low level 
refrigeration was still required, and its use addi- 
tionally required expensive capital investment in 
a tubing bundle, such as 36 of U.S. Patent 

45 4,065,278, in the main heat exchanger. 

The present invention, in all of its 
embodiments, eliminates the need for low level 
refrigeration from the low level refrigeration 
circuit for cooling of the column feed and reduces 

so the main heat exchanger cost by eliminating a 
tubing bundle. This is accomplished by 
expanding the high level refrigerant precooled 
feed and delivering it directly to the top of the 
scrub column to provide all of the liquid or reflux 

55 necessary in the column for the desired amount 
of separation of heavy hydrocarbons from 
methane in methane-containing feed streams. 
The expansion is energy efficient because the 
energy provided by the expansion is recovered in 

so the compressor which recompresses the 
methane-rich overhead for efficient liquefaction 
of the methane against low level refrigeration. It is 
contemplated that any of the methane liquefac- 
tion processes set forth in the patents identified 

55 above should benefit and be more energy 
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efficient with the improvement constituting the 
present invention. 

The present invention can accommodate a 
number of variations as evidenced by the 
alternate flow schemes in Rg. 2 and Fig. 3. 
Therefore, the scope of the invention should not 
be limited by the specific embodiments set forth 
above, but rather by the claims which follow. 

Claims 

1. A liquefaction process for natural gas 
including the separation in a scrub column of 
heavier hydrocarbons as a bottom stream from a 
methane-rich fraction as an overhead stream, 
comprising the steps of: 

a) introducing a natural gas feed stream into the 
liquefaction system at a pressure in the range of 
41.4 to 138 bar (600 to 2000 psia); 

b) cooling the feed stream in a series of heat 
exchangers in indirect heat exchange with a first 
refrigerant in a closed refrigeration system; 

c) reducing the pressure of the feed stream to a 
pressure which is below the critical pressure of 
both the overhead and bottom streams by isen- 
tropically expanding said feed stream while 
obtaining mechanical energy; 

d) introducing the expanded feed stream as 
feed to the scrub column to separate the 
methane-rich fraction as an overhead stream; 

e) compressing the overhead stream to a high 
pressure in a compressor utilizing the mechanical 
energy derived from the expansion of step c); 

f) cooling, liquefying and subcooling the 
methane-rich overhead stream in a heat 
exchanger by indirect head exchange with a 
second, multi-component,- refrigerant in a closed 
refrigeration system; 

g) withdrawing said liquefied and subcooled 
methane-rich stream as an LNG product charac- 
terized in that the expanded feed stream of step c) 
is used as all of the reflux to the scrub column in 
step d). 

2. The process of claim 1, characterized in that 
in step c) the pressure of the feed stream is 
reduced to a pressure which is below the critical 
pressure of both the overhead and the bottom 
streams, by a combination of isentropically 
expanding said feed stream and intercooling at 
least a portion of the feed stream against the 
methane-rich overhead stream from the scrub 
column, and that between step d) and e) the 
methane-rich overhead stream is warmed in an 
intercooling heat exchange against the inter- 
cooling feed stream of step c). 

3. The process of claim 2, wherein a medium 
pressure natural gas feed stream at 41.4 to 75.9 
bar (600 to 1100 psia) is processed in which, after 
the initial cooling, the feed is phase separated to 
remove a liquid bottom stream which is 
introduced to the scrub column as intermediate 
feed and a gaseous overhead stream which is 
intercooled against the methane-rich overhead 
stream and further phase separated wherein the 
liquid phase is again introduced as an inter* 
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mediate feed to the scrub column and the 
gaseous phase is expanded isentropically with 
the production of mechanical energy before being 
introduced into the scrub column as reflux, and 
5 the methane-rich overhead stream from the scrub 
column, after compression, is cooled by the 
indirect heat exchange with the first refrigerant 
before being liquefied and subcooled to LNG by 
heat exchange with the second refrigerant. 
to 4. The process of claim 2, wherein a high 
pressure natural gas feed stream at 69 to 138 bar 
(1000 to 2000 psia) is processed in which after the 
initial cooling, the feed is isentropically expanded 
with the production of mechanical energy and 
is then intercooled against the methane-rich over- 
head stream before the feed is introduced as 
reflux to the scrub column. 

5. The process of claim 2, wherein a high 
pressure natural gas free stream at 69 to 138 bar 

20 (1000 to 2000 psia) is processed in which after the 
initial cooling, the feed is intercooled by heat 
exchange against the methane-rich overhead 
stream before being isentropically expanded and 
said methane-rich overhead stream, after 
25 compression, is cooled by indirect heat exchange 
with the first refrigerant before being further 
cooled, liquefied and subcooled by heat exchange 
against the second refrigerant. 

6. The process of one of the claims 2 to 5, 
30 wherein the liquefied product of step f) is phase 

separated to produce a liquid bottom stream for 
delivery as LNG product for storage and a 
gaseous overhead which is warmed by indirect 
heat exchange with the second refrigerant to 
35 recover refrigeration value from the gaseous 
overhead before said overhead is used as a plant 
fuel. 

Patentansp ruche 

40 

1. Verflussigungsverfahren fur Naturgas ein- 
schlieSlich der Abtrennung von schwereren 
Kohlenwasserstoffen als Bodenstrom in einer 
Reinigungskolonne aus einer methanreichen 
*s Fraktion als Kopfprodukstrom, welches die Stufen 
umfaSt: 

a) Einlassen eines Naturgaszufhrstromes in das 
Verflussigungssystem bei einem Druck im 
Bereich von 41,4 bis 138 bar (600 bis 2000 psia), 
so b) Kuhlen des Zufuhrstromes in einer Reihe von 

Warmeaustauschern in indirektem Warme- 
austausche mit einem ersten Kuhlmittel in einem 
geschlossenen Kuhlsystem, 
c) Druckverringerung des Zufuhrstromes auf 
ss einen Druck, der unter dem kritischen Druck 
sowohl des Kopfals- auch des Bodenstromes 
liegt, durch isentropes Expandieren des Zufuhr- 
stromes, wobei mechanische Energie erhalten, 
wird, 

so d) Einlassen des expandierten Zufuhrstromes 

als Zufuhr zur Reinigungskolonne, um die 
methanreiche Fraktion als Kopfproduktstrom 
abzutrennen, 
e) Komprimieren des Kopfproduktstromes auf 
65 einen hohen Druck in einem Kompressor, der die 
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mechanische Energie verwendet, die aus der 
Expansion in Stufe c) abgeieitet wird, 

f) Kuhlen, VerflQssigen und Unterkuhlen des 
methanreichen Kopfproduktstromes in einem 
Warmeaustauscher durch indirekten Warme- 
austausch mit einem zweiten Kuhlmittel aus 
vielen Komponenten in einem geschlossenen 
Kuhlsystem, 

g) Abziehen des verflussigten und unterkuhlten 
methanreichen Stromes als LNG-Produkt, 
dadurch gekennzeichnet, daS der expandierte 
Zufuhrstrom aus Stufe c) als gesamter RuckfluS 
zur Reinigungskolonne in Stufe d) verwendet 
wird. 

2. Verfahren nach Anspruch 1, dadurch gekenn- 
zeichnet, daS der Druck des Zufuhrstromes in 
Stufe c) auf einen Druck reduziert wird, der unter 
dem kritischen Druck sowohl des Kopfprodukt- 
als auch des Bodenstromes ist, durch eine 
Kombination von tsentroper Expansion des 
Zufuhrstromes und Zwischenkuhlung mfndestens 
eines Anteils des Zufuhrstromes gegen den 
methanreichen Kopfproduktstrom aus der 
Reinigungskolonne und dadurch, daft zwischen 
den Stufen d) und e) der methanreiche Kopf- 
produktstrom in einem Zwischenkuhl- 
ungs-Warmeaustauscher gegen den 
Zwischenkuhlungszufuhrstrom vom Stufe c) 
erwarmt wird. 

3. Verfahren nach Anspruch 2, worin ein 
Naturgaszufuhrstrom mittleren Druckes von 41,4 
bis 75,9 bar (600 bis 1100 psia) bearbeitet wird, 
worin nach dem anfanglichen Kuhlen die Zufuhr 
phase ngetrennt wird, um einen flussigen Boden- 
strom zu entfernen, der als Zwischenzufuhr zur 
Reinigungskolonne eingegeben wird und einen 
gasfdrmigen Kopfproduktstrom, der gegen den 
methanreichen Kopfproduktstrom zwischenge- 
kflhlt und weiter phasengetrennt wird, worin die 
flussige Phase emeut als eine Zwischenzufuhr zur 
Reinigungskolonne eingegeben wird und die gas- 
formige Phase mit der Erzeugung von 
mechanischer Energie isentrop expandiert wird, 
bevor sie in die Reinigungskolonne als RuckfluS 
eingegeben wird, und der methanreiche Kopf- 
produktstrom aus der Reinigungskolonne nach 
Kompression durch indirekten Warmeaustausch 
mit dem ersten Kuhlmittel gekuhlt wird, bevor er 
durch Warmeaustausch mit dem zweiten Kuhl- 
mittel verflussigt und zu LNG unterkuhlt wird. 

4. Verfahren nach Anspruch 2, worin ein Natur- 
gas zufuhrstrom von hohem Druck von 69 bis 138 
bar (1000 bis 2000 psia) bearbeitet wird, indem 
nach dem anfanglichen Kuhlen die Zufuhr mit der 
Erzeugung von mechanischer Energie isentrop 
expandiert wird und dann gegen den methan- 
reichen Kopfproduktstrom zwischengekuhlt wird, 
bevor die Zufuhr als RQckfluS zur Reinigungs- 
kolonne eingegeben wird. 

5. Verfahren nach Anspruch 2, worin ein 
Naturgaszufuhrstrom von hohem Druck von 69 
bis 138 bar (1000 bis 2000 psia) bearbeitet wird, 
worin nach dem anfanglichen Kuhlen die Zufuhr 
durch Warmeaustausch gegen den methan- 
reichen Kopfproduktstrom zwischengekOhlt wird, 
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bevor sie isentrop expandiert wird und der 
methanreiche Kopfproduktstrom nach 
Kompression durch indirekten Warmeaustausch 
mit dem ersten Kuhlmittel gekuhlt wird, bevor er 
s durch Warmeaustausche gegen das zweite Kuhl- 
mittel weiter gekuhlt, verflussigt und unterkuhlt 
wird. 

6. Verfahren nach einem der Anspruche 2 bis 5, 
worin das verflussigte Produkt von Stufe f) 
io phasengetrennt wird, um einen flussigen Boden- 
strom zur Belieferung als LNG-Produkt zur 
Lagerung und einen gasfdrmigen Kopfprodukt- 
strom zu erzeugen, der durch indirekten Warme- 
austausch mit dem zweiten Kuhlmittel erwarmt 
15 wird, um den Kuhfwert aus dem gasfdrmigen 
Kopfproduktstrom zuruckzugewinnen, bevor der 
Kopfproduktstrom als Brennstoff fur die An I age 
verwendet wird. 

20 Revendications 

1. Un procede de liquefaction pour le gaz 
naturel comprenant la separation dans une 
colonne de lavage des hydrocarbures plus lourds 

25 comme courant residuel d'avec une fraction riche 
en methane comme courant de tete comprenant 
les stades de: 

a) introduction d'un courant d'alimentation de 
gaz naturel dans le systeme de liquefaction a une 

30 pression dans la gamme de 41 ,4 a 1 38 bars (600 a 
2000 psia); 

b) refroidissement du courant d'alimentation 
dans une se>ie d'echangeurs de chaleur par 
echange de chaleur indirect avec un premier 

35 refrigerant dans un systeme de refrigeration 
ferme; 

c) abaissement de la pression du courant 
d'alimentation a une pression qui est inferieure a 

Ja pression critique du courant de tete et du 
4o courant residuel par detente isentropique dudit 
courant d'alimentation avec obtention d'6nergie 
mecanique; 

d) introduction du courant d'alimentation 
detendu comme alimentation de la colonne de 

45 lavage pour separer la fraction riche en methane 
comme courant de tete; 

e) compression du courant de tete a une 
pression elevee dans un compresseur utilisant 
I'energie mechanique provenant de la detente du 

so stade c); 

f) refroidissement, liquefaction et 
sous-refroidissement du courant de t&te riche en 
methane dans un echangeur de chaleur par 
echange de chaleur indirect avec un second 

55 refrigerant a plusieurs composants dans un 
systeme de refrigeration ferme; 

g) Evacuation dudit courant riche en methane 
liquefie et sous-refroidi comme gaz naturel 
liquefie produit, caracterise en ce que le courant 

60 d'alimentation d'etendu du stade c) est utilise 
comme totalite du reflux de la colonne de lavage 
dans le stade d). 

2. Le precede de la revendtcation 1 caracterise 
en ce que dans le stade c) la pression du courant 

65 d'alimentation est reduite a une pression qui est 
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inferieure a la pression critique du courant de tete 
et du courant residual, par une combinaison de 
detente isentropique dudit courant d'alimentation 
et de refroidissement intermediaire d'au moins 
une portion du courant d'alimentation avec le 
courant de t§te riche en methane de la colonne de 
lavage et en ce qu'entre les stades d) et e) le 
courant de tete rlche en methane est rechauffe 
dans un echangeur de chaleur de refroidissement 
intermediate avec le courant d'alimentation de 
refroidissement intermediate du stade c). 

3. Le procede de la revendication 2 dans lequel 
on traite un courant de gaz naturel moyenne 
pression a 41,4 a 75,9 bars (600 a 11 00 psia) dans 
lequel, apres le refroidissement fnitial, I'alimenta- 
tion est sousmise a une separation des phases 
pour eiiminer un courant residuel liquide qui est 
introduit dans la colonne de lavage comme 
alimentation intermediaire et un courant gazeux 
de tete qui est sou mis a un refroidissement 
intermediaire avec le courant de tete riche en 
methane et sou mis deplusaune separation des 
phases ou la phase liquide est a nouveau intro- 
duite comme alimentation intermediaire de la 
colonne de lavage et la phase gazeuse est 
soumise a une detente isentropique avec produc- 
tion d'energie mechanique avant I'introduction 
dans la colonne de lavage comme reflux, et le 
courant de tete riche en methane de la colonne de 
lavage, apres compression, est refroidi par 
echange de chaleur indirect avec le premier 
refrigerant avant d'etre liquefie et sous-refroidi en 
gaz nature! liquefie par echange de chaleur avec 
le second refrigerant. 
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4. Le procede de la revendication 2 dans lequel 
on traite un courant d'alimentation de gaz naturel 
haute pression a 69 a 138 bars (1000 a 2000 psia) 
dans lequel, apres le refroidissement initial, 
I'alimentation est soumise a une detente 
isentropique avec production d'energie 
mecanique puis soumise a un refroidissement 
intermedia re avec le courant de tete riche en 
methane avant que I 'alimentation so it introduce 
comme reflux de la colonne de lavage. 

5. Le procede de la revendication 2 dans lequel 
on traite un courant d'alimentation de gaz naturel 
haute pression a 69 a 138 bars (1000 a 2000 psia) 
dans lequel, apres le refroidissement initial, 
I'alimentation est soumise a un refroidissement 
intermediaire par echange de chaleur avec le 
courant de tete riche en methane avant d'etre 
soumise a une detente isentropique et (edit 
courant de tete riche en methane, apres 
compression, est refroidi par echange de chaleur 
indirect avec le premier refrigerant avant d'etre 
encore refroidi, liquefie et sous-refroidi par 
echange de chaleur avec le second refrigerant. 

6. Le procede de Tune des revendications 2 a 5 
dans lequel te produit liquefie du stade f) est 
soumis a une separation de phases pour produire 
un courant residuel liquide fourni comme gaz 
naturel liquefie produit pour le stockage et un 
produit de tete gazeux qui est rechauffe par 
echange de chaleur indirect avec te second 
refrigerant pour recupe>er le pouvoirde refrigera- 
tion du produit de tete gazeux avant que ledit 
produit de tete soit utilise comme combustible 
d'usine. 
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